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Abstract

Large-scale chromatography has been playing an important role in downstream treatment processing in
biotechnology. In order to improve the productivity, the throughput of the chromatographic equipment was often
increased by increasing the flow-rate and/or by increasing the column sample loading. This paper reports the
results of a study on the impact of these and other operating parameters in affinity and ion-exchange
chromatographic columns when used for protein purification. A sectional model was developed to predict protein
adsorption processes in a packed column. The formulations of this mathematical model are presented in the
Appendix. The present study was carried out with computer simulation based on this model and using data
obtained from laboratory-scale columns. This model can simulate both the adsorption and washing stages of the
protein purification process for both porous and non-porous particles. The effects of changing operating parameters
were simulated and contour plots were generated for the easy identification of these effects. It was shown that both
flow-rate and column loading can have a considerable impact on the processing rate and the yield of the column. As
for the column capacity utilization. the impact of changing flow-rate is not significant at column loading of less than
80% in the test case. It was suggest that the present investigation provides a systematic predictive strategy which
will greatly reduce the need for expensive. labour-intensive and time-consuming experimental work during process
scale-up.

1. Introduction up and optimization are required [4-9]. As a
consequence, the synergy between process simu-

The importance of using chromatographic lation with mathematical models and directed

methods for the large-scale purification of high
value proteins has been extensively realized over
the past decade [1-3]. Competitive commercial
pressures involved in product development now
mean that improved approaches to process scale-
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experimental design to achieve essential data for
the estimation of optimum parameters has be-
come increasingly evident, particularly when
iterative approaches based on physically relevant
models are employed. The present investigations
address a practical procedure developed in this
Centre for the selection of operating parameters
in ion-exchange or affinity chromatographic beds
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as part of a large-scale protein purification pro-
cess. Computer simulations, generated from the
analysis of the concentration—time profiles and
derived from batch and packed-bed adsorption
and washing stage experiments with different
adsorbents and mixtures of proteins, form part
of the selection procedure for the appropriate
choice of fluid velocity, sample loading volume
and concentration and column length and diam-
eter. The primary objective of these investiga-
tions was to maintain maximum production rates
for these stages with packed-bed systems during
scale-up, whilst ensuring that the basic require-
ments of product yield and purity at predeter-
mined levels were achieved. Increasing the mo-
bile phase flow-rate and increasing the column
loading are the main avenues to achieve high
production rates. As such, the study of the effect
of these two parameters formed a major part of
the current investigation.

As part of this interactive scale-up procedure
involving experimental measurements of protein
adsorption behaviour and simulation of this
behaviour under a defined set of conditions, a
mathematical model developed in this Centre
was used to fit the experimental breakthrough
curves to extract the surface interaction rate
constants. This model is capable of independent-
ly addressing both the external mass transfer and
surface interaction, yet retains the simplicity of
analytical solution. The adsorption and washing
behaviour of the column under various operating
conditions were simulated and compared with
the experimental behaviour. The product yield.
column capacity utilization and production rate
were then calculated.

These data can then be meshed with the
specific process economics to yield an overall
optimum outcome. The region of optimum large-
scale operation can then be established on the
basis of limited small-scale experimentation.

2. Experimental

Experimental data from a number of protein—
sorbent systems studied in this Centre were used
in the current study. Specific details on the

materials, methods, equipment set-up and oper-
ating procedures have been published elsewhere
[10-13]. Preliminary results on the simulation of
the adsorption of lysozyme to Cibacron Blue
F3GA biomimetic affinity systems have been
presented previously for both non-porous [8,14]
and porous [9] particles. Experimental results for
two additional systems are reported in this
paper. In one of the systems studied the matrix
used was an iminodiacetic acid—copper(II)
[IDA-Cu(II)]-modified 1.5-um diameter non-
porous silica adsorbent. The adsorbates used
were concanavalin A and hen egg-white
lysozyme. The column used was 19 mm X 4 mm
1.D. The detailed procedure for the preparation
of the IDA adsorbent and other experimental
details can be found elsewhere [11,12]. The data
for the human serum albumin (HSA)-DEAE-
Trisacryl M ion-exchange system were measured
[13] in a 5-mm LD. column (Pharmacia 5/5
HR). HSA was supplied as a 21% solution from
Commonwealth Serum Laboratories (CSL)
(Melbourne, Australia). DEAE-Trisacryl M ion-
exchange resin (particle size 40-80 wm) was
purchased from Australia Chemical Co. (Mel-
bourne, Australia). The computer programs
(BEDSTP and BEDSTS) using the sectional
model described in the Theoretical considera-
tions section and the Appendix were written in
FORTRAN. The computation was carried out
using an IBM PC compatible machine linked to a
VAX 8700 mainframe computer. The figures
were drawn with a Macintosh computer.

3. Results and discussion
3.1. Theoretical considerations

Owing to the complexity of the protein-sor-
bent systems which occurs in large-scale chroma-
tography, it is not possible to identify ideal
optimum operating conditions from a single
analytical chromatographic experiment. This in-
vestigation thus aimed at defining an optimum
region of a set of parameters within which the
predetermined production criteria can be
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achieved. A large number of simulations will be
required, hence a simple yet rigorous mathemati-
cal model is essential. For example, the model
should still be able to take into account the
effects of all major rate-limiting factors and also
accommodate the influence of different adsorp-
tion isotherms.

A sectional model of a chromatographic col-
umn developed in this Centre was used in the
optimization study reported in this paper. In this
model, the column is divided into a series of
sections. Each section is then treated as a well
mixed tank, with the equations used in the batch
adsorption model developed earlier [15] forming
the key algorithm of the model. This model is
similar to the discrete cell model or the discrete
stage model available in the literature [16,17]. In
this type of model, the flow conceptually is
treated as non-continuous parameter. According
to this model, in each section of the column the
fluid containing the solute protein (adsorbate) of
interest is brought into contact with the ad-
sorbent and interaction is allowed to occur for a
period of time, At. At the end of each time
increment, the content of the liquid (mobile)
phase in each section is transferred to the next
section. The time increment At is calculated as
At = L/U*n where L is the column length, U the
superficial velocity (linear flow-rate) of the fluid
and n the number of the sections.

For adsorption with fresh or regenerated ad-
sorbent particles, the initial adsorbate concen-
tration in the solid (stationary) phase is zero for
all the sections at the beginning of the process,
and the column is assumed to be saturated with
buffer solution. For the adsorption stage, the
initial adsorbate concentration in the liquid
phase is equal to C,, the inlet concentration. For
washing and elution stages, C, =0.

The basic assumptions for rate limiting steps in
the adsorption process are the same as those
used in our non-porous particle adsorption
model for a finite bath [15]. This treatment also
permits other types of isothermal behaviour,
e.g., Freundlich or multi-component Lang-
muirean isotherms to be accommodated. How-
ever, for the purpose of the present discussion
only a single-component non-linear Langmuirean

isotherm will be discussed. In this simple case,
the assumptions are: (a) the transport of adsor-
bate from the bulk fluid to the surface of the
particle can be described by a film resistance
mechanism and (b) the interaction between the
adsorbate and the adsorption site at the particle
surface can be described by a Langmuir-type
process. In addition, as each section is assumed
to be well mixed, the concentration of the
adsorbate in the liquid phase is assumed to be
uniform throughout that section.

For the case with porous particles, a linear
driving force approximation was used to describe
the mass transfer of the adsorbate in the liquid
phase from the entrance of the pores at the
external surface to the particle internal surface.
With this approximation, the pore fluid can be
treated as a mass transfer medium rather than a
separate phase, thus enabling it to be combined
with the bulk fluid in the overall mass balance.
At the end of each time increment, the pore fluid
was assumed to remain stagnant, and only the
bulk fiuid was transferred to the next section.

With the above assumptions and initial con-
ditions, the concentrations of the adsorbate in
both the liquid and solid phases can be calcu-
lated. The liquid-phase concentration in the last
section, C,, is the outlet concentration. The
concentration~time plot, i.e., the breakthrough
curve, can then be constructed. As the con-
centrations in each section were stored for each
complete time cycle during the calculation, the
axial concentration profiles can also be produced
for any particular time. Detailed formulation and
derivation of the model and its solution are
presented in the Appendix.

One of the key variables in the sectional
model is the number of the sections, n. It was
found that when n was larger than 16 in the test
case, the effect of “numerical disperston” was
negligible and the breakthrough curves produced
by the sectional model and the analytical solu-
tion of a packed bed [14] were synonymous and
overlapped. The advantage of this model is thus
its versatility. The adsorption stage may be
terminated at any time without causing any
difficulty in the calculation of the time-concen-
tration curves in the washing stage. Another
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important feature is that non-linear Langmuir
adsorption isotherms were assumed.

3.2. Comparison of experimental and simulated
data

The comparison of calculated and the ex-
perimental breakthrough curves is a favoured
method by many researchers and has often been
used in the validation of mathematical models of
protein adsorption—desorption behaviour with
chromatographic adsorbents and in extracting
system parameters for further simulation [14,18-
20]. The same approach was used in this study.
Fig. 1 shows the result for the concanavalin
A-IDA-Cu(Il) adsorption system. Three con-
centrations of concanavalin A were used, i.e..
C,=0.092, 0.053 and 0.011 mg/ml. Other pa-
rameters were ¢, = 2.9 mg/ml solid, K; = 0.0366
mg/ml and U = 0.66 mm/s [12]. A reasonable fit
was obtained between the predicted and ex-
perimental breakthrough curves for all three
protein concentrations. The breakthrough curves
calculated for this non-porous particle system by
the sectional model were indistinguishable with
the curves generated with the non-porous par-
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Fig. 1. Predicted (lines) and experimental (points) break-
through curves for the adsorption of concanavalin A on an
IDA-Cu(ll)-modified 1.5-um diameter non-porous silica
adsorbent for three concentrations of concanavalin A. i.e..
C, = (0)0.092, (3) 0.053 and (A) 0.011 mg/ml. The column
used was 19 mm x4 mm [.D. Other parameters: ¢ =2.9
mg/ml solid: K, =0.0366 mg/ml: U =0.066 cm/s.

ticle adsorption model (NPPAM) published pre-
viously [14]. As the model simulation for a non-
porous particle system using the NPPAM model
under different operating conditions has been
presented previously, this paper will concentrate
on the model simulation using the sectional
model for a porous particle system.

Fig. 2 shows a typical curve fit of our model
prediction to the experimental breakthrough
curve for the albumin (HSA) adsorption to
DEAE-Trisacryl M, which is a porous ion-ex-
change resin. The parameters used were column
length = 13 mm, C, = 1.5 mg/ml, q, = 44 mg/ml
bed, K;=0.0179 mg/ml and U =0.42 mm/s
[13]. Although the model predictions fit ex-
perimental data reasonably well in these two
figures, the agreement between the predicted
and experimental breakthrough curves for some
other situations studied was not as complete. For
example, as discussed previously [14,15], compli-
cated mass transfer and surface interaction pro-
cesses, e.g., aggregation, multilayer formation
and surface reorientation at high protein con-
centrations in the microenvironment of the ad-
sorbent, may be the cause of divergences be-
tween the predicted and experimental break-
through curves. since these phenomena have not
been incorporated in the present model.

tor B - T -
A B

o9 |

08
07
06 -
95
0.4

03

Dimensioniess Concentration

0.2
01

L D SR SR SR |

0.0 '} 1 L i 1 1 1 -

1§ 20 25 30 35 40 45 50
Time (min)

o
(4]
o

Fig. 2. Predicted (line) and experimental (points) break-
through curves for the adsorption of human serum albumin
(HSA) on DEAE-Trisacryl M ion-exchange sorbent. Col-
umn. 13 mm x 5 mm L.D.; C,=1.5 mg/ml; ¢, =44 mg/ml
bed: K, =0.0179 mg/ml; U =0.042 cm/s.
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3.3. Simulations of the effects of operating
parameters

For most simulations. a column length of 100
mm was used. For the results shown in Figs.
4-11, a constant washing volume of ten column
void volumes at a constant liquid velocity of 0.5
mm/s was employed. The washing stage was
included to provide a more realistic simulation
and a detailed discussion on this consideration
has been presented previously [9]. The number
of sections, n, was set as 20. Other parameters
used are the same as for Fig. 2.

Although the study of breakthrough curves
(frontal analysis) will provide detailed informa-
tion about the behaviour of the chromatographic
system in question, the availability of experimen-
tal breakthrough curves is often restricted to the
laboratory-scale columns. Experimental results
with process-scale chromatographic beds are
often not reported in the literature because of
issues of commercial sensitivity or simply
because most industrial practitioners still unde-
rutilize the total capacity, preferring zonal elu-
tion. In a practical protein purification column,
only a finite sample volume will be applied to the
column and the breakthrough may not occur
before the loading (adsorption) stage terminates.
Therefore, the adsorption behaviour of large-
scale columns has historically been studied large-
ly from model simulation based on data acquired
with small-scale, laboratory columns. The cur-
rent study has concentrated on the sample load-
ing volume and flow-rate as the main operating
parameters owing to their practical importance.

It was well known that an increase in the
flow-rate causes the spreading of the break-
through curves due to the dispersion of adsor-
bates within the solid (stationary) phase [14,18].
With the assistance of the sectional model. this
phenomenon can be simulated. Fig. 3 shows the
effect of flow-rate on the axial concentration
profiles in the solid phase of the bed when the
same sample volume was loaded. At a very low
flow-rate (5 ml/min). the concentration front in
the solid phase is sharp. More than half of the
column has been saturated but there is no
adsorbate in the last 20% of the column. When
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Fig. 3. Concentration profiles in the solid phase at different
flow-rates for the same column sample loading for the HSA-
DEAE-Trisacryl M ion-exchange system.

the flow-rate was increased to 15 ml/min, the
saturated section reduced and the adsorbate
migrated throughout almost the whole length of
the column. For these two cases, no break-
through was detected. For 60 ml/min, the break-
through occurs before any part of the column
becomes saturated.

The effects of flow-rate and column height on
the maximum loading volume are shown in Fig.
4. The column was loaded to the point just

30

Column Length (cm)

Number of Column Volumes Loaded

Flow-Rate (mmvs)

Fig. 4. Maximum column sample loading versus superficial
liquid velocity for different column lengths at a fixed effluent
concentration (0.1% of inlet concentration) for the HSA-
DEAE-Trisacryl M ion-exchange system.
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before breakthrough occurs (C/C,=0.001).
Under this condition (constant effluent concen-
tration), the maximum loading volume, as
shown, increases with increasing column length
and is a linear function of the flow-rate. The
effects on processing rate are shown in Fig. 5.
The processing rate can be defined as the
amount of protein retained after washing per
unit volume of resin per unit processing time.
Similarly to the results of earlier investigations
reported from this Centre [8,9] and elsewhere
[3,18], there exists an optimum flow-rate at
which a maximum processing rate can be
achieved. This optimum flow-rate is higher for
the longer column but the value of maximum
processing rate is higher for the shorter column
[9,18].

The effects of column loading on processing
rate are shown in Fig. 6. The column loading
value used was defined as the percentage of the
attainable column adsorption capacity. For the
range where column loading is less than 100%,
the processing rate increases with the increase of
column loading and flow-rate. The yield, which
is defined as the percentage of total protein
applied to the column retained after washing,
decreases with the increase of both flow rate and
column loading, as shown in Fig. 7.

The operating range and the limitations of the
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Fig. 6. Processing rate versus superficial liquid velocity at
different column loadings (as percentages of the attainable
column adsorption capacity) for the HSA-DEAE-Trisacryl
M ion-exchange system.

two main operating parameters can be shown
more clearly in the derived contour plots. From
Fig. 8, it can be seen that high processing rates
occur only at the top-right hand corner where
both the flow-rate and the column loading are
high. The high yield, however, is restricted to
the low flow-rate and relatively low loading
region, as shown in Fig. 9. Owing to the asymp-
totic nature in the calculation of the yield values
by the sectional model, a value of 99.999% vyield
was chosen to be an approximation of 100%
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Fig. 5. Processing rate versus superficial liquid velocity for
different column lengths at a fixed effluent concentration
(0.1% of inlet concentration) for the HSA-DEAE-Trisacryl
M ion-exchange system.
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Fig. 7. Product yield versus superficial liquid velocity at
different column loadings (as percentages of the attainable
column adsorption capacity) for the HSA-DEAE-Trisacryl
M ion-exchange system.
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Fig. 8. Effects of liquid velocity and column sample loading
on the processing rate (mg/ml-min) of an HSA-DEAE-
Trisacryl M ion-exchange chromatographic column.

yield. It can be seen that in order to improve the
yield from 99% to 100%, the flow-rate has to be
reduced to less than half and the column loading
may also have to be reduced. This interdepen-
dence becomes more evident when these two
sets of curves are plotted together, as shown in
Fig. 10. When the yield was allowed to drop
from 100% to 99%, this 1% decrease resulted in
a 60~70% increase in the processing rate. De-
pending on the actual yield requirement of the
production, the expected processing rates and
the operating range of the flow-rate and column
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Fig. 9. Effects of liquid velocity and column sample loading
on the product yield of an HSA-DEAE-Trisacryl M ion-
exchange chromatographic column.
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Fig. 10. Operating regions based on the product yield and
processing rate for an HSA-DEAE-Trisacryl M ion-ex-
change chromatographic column.

loading can thus be easily estimated from these
plots.

Another production criterion worth mention-
ing is the column capacity utilization, which can
be defined as the percentage of the attainable
column capacity used in the adsorption—washing
cycle [9]. This criterion is important as it directly
affects the column life and the equipment cost.
High column capacity utilization is generally
preferred. As shown in Fig. 11, changes in the
flow-rate have little effect on the capacity utiliza-
tion when the column loading is low. When the
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Fig. 11. Effects of liquid velocity and column sample loading
on the column capacity utilization level of an HSA-DEAE-
Trisacryl M ion-exchange chromatographic column.
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column loading is higher than 80% in this par-
ticular example, however, the increase in flow-
rate will result in a decrease in the column
capacity utilization.

4. Conclusions

The results of this study clearly demonstrate
that the operating parameters involved in the
chromatography of proteins, such as flow-rate
and column sample loading, can have a signifi-
cant impact on the outcome of the process.
Whilst higher flow-rates will result in a higher
processing rate, the yield drops with increase in
flow-rate. In large-scale processes, the product-
ion rate will be a primary determinant, but the
requirement for high yield and column capacity
utilization must also not be overlooked. The final
balance of these factors will depend on the
process economics. Selection of optimum oper-
ating parameters thus represents a critical com-
promise between several variables. The proce-
dures currently under development in this Cen-
tre can offer assistance in these aspects. The
present investigation provides a systematic pre-
dictive strategy which greatly reduces the need
for expensive, labour-intensive and time-con-
suming experimental work during process scale-

up.

Symbols

a external surface area per unit volume of
adsorbent particles

A parameter defined by Eq. A10

B parameter defined by Eq. A12

C, adsorbate concentration in the liquid
phase in section {

C o initial adsorbate concentration in the
liquid phase in section ¢
C,. adsorbate concentration in the pore fluid

in section i

; equivalent adsorbate concentration when
total amount of the adsorbate in the
system was assumed in the liquid phase
in section i

Cr intermediate adsorbate concentration in
the liquid phase at (1) external surface
of the particles in section i for the case
with non-porous particles and (2) inter-
nal surface of the particles in section i
for the case with porous particles

C adsorbate concentration in the liquid
phase in the last section, which repre-
sents the outlet adsorbate concentration

C, inlet concentration of adsorbate in the
liquid phase
k, forward surface interaction rate constant
d adsorption equilibrium constant
K, overall effective liquid-phase mass trans-
fer coefficient

K; liquid-side film mass transfer coefficient

L column length

M parameter defined by Eq. A9

n number of the sections in the sectional
model (Eq. Al)

q, adsorbate concentration on the solid
phase in section i

q., maximum solid adsorption capacity

q. ., initial adsorbate concentration on the
solid phase in section i

R, particle radius

R, volume ratio of solid phase to liquid
phase

Ar time increment which is the residence
time of bulk fluid in any one section

U superficial velocity (linear flow-rate) of
the fluid

X, positive root of quadratic Eq. All

X, the other root of Eq. All

£ volume fraction of liquid phase in the
column

£, particle void fraction
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Appendix: the sectional model

In this model the chromatographic column is
assumed to be divided into a series of sections.
Each section is then treated as a well mixed
tank. In each section the fluid containing the
solute protein (adsorbate) of interest is brought
into contact with the adsorbent and interaction is
allowed to occur for a period of time At. At the
end of each time increment, the content of the
liquid phase in each section is transferred to the
next section. The time increment At is calculated
as

L

At = Un (A1)
where L is the column length, U the superficial
velocity of the fluid and n the number of the
sections. The interaction between the adsorbate
and the adsorption site at the particle surface is
assumed in the treatment described below to be
governed by a Langmuir-type isothermal model,
but other isothermal models can be also em-
ployed. As each section is assumed to be well
mixed, the concentration of the adsorbate in the
liquid phase is uniform throughout the section.

Adsorption with non-porous particles

The overall mass balance for the adsorption
with non-porous particles in a section i/ is

eC,+(1-¢e)q,=eCy (A2)

N

where C,; is the adsorbate concentration in the
bulk of the liquid phase, g, is the adsorbate
concentration on the solid phase, ¢ is the volume
fraction of liquid phase in the column, which is
assumed a constant throughout the column and
the variable C; ; is the equivalent total adsorbate
concentration when the total amount of the
adsorbate in that section is assumed only in the
liquid phase. C, can be calculated from

Cr,=C o+ R.q,, (A3)

where C, , is the adsorbate concentration in the
liquid phase at the beginning of the time incre-
ment, g, , is the adsorbate concentration in the
solid phase at the beginning of the time incre-
ment and R, is the volume ratio of the solid
phase to the liquid phase, i.e. the phase ratio
(often represented as @):

1—¢
£

R, = (A4)

The differential form of Eq. A2 then can be

expressed as

dC/ dqr

u t R, s 0 (AS)
As in the case with the non-porous particle

adsorption model [14,15], the transport of adsor-

bate from the bulk fluid to the surface of the

particle is described by a film resistance mecha-

nism:

d_[’zaKf(c—CT“) (A6)

where a (=3/R,) is the interfacial area per unit
volume of the adsorbent particles, R, is the
radius of the particle, K; is the liquid field mass
transfer coefficient and C; is the intermediate
concentration of the adsorbate in the liquid
phase at the surface of the particles.

The interaction between the adsorbate and the
immobilized ligand at the particle surface is
described by the second-order reversible equa-
tion
dg, *
ar ki[(qm—q)C7 — Kyqi] (A7)
where k, is the forward interaction rate constant,
q.. is the maximum adsorption capacity of the
immobilized ligand and K, is the adsorption
equilibrium constant. At equilibrium, Eq. A7
becomes the Langmuir isotherm equation.

Eliminating C, g, and its derivative from
Egs. A3, AS, A6 and A7, the rate of change of
C, with time can be written as follows:

1 13dC
*(j,,—ﬁ;)T—(Ci—xl)(C.»—xz) (A8)
where
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A
M B qum - CT.i + Cl (Ag)
and
A=aKR, (A10)

x, and x, are the roots of the quadratic equation

C!—BC - K,Cy, =0 (A11)
where
B=Cr,—R,q, — K, (A12)
and
1 ;
X, =3[B+ VB +4K,C; ] (A13)
1 3
X, =35[B- VB +4K,C; ] (A14)

Eq. A8 can be directly integrated to yield

A /C,—Xl C‘I.();xl‘
(CT-' ~ R~ k_l) in{ C-x.C, —x,)

B I(C’*x') l'C,—xz)
X Co—x, i n(Cl.U_xz

= A(x, — x,) At (A15)

Eq. A15 can be used to calculate the liquid-
phase concentration at the end of each time
increment Ar for section i. In this equation and
also in Eq. A8 both the film mass transfer and
surface interaction rates are considered finite.

Adsorption with porous adsorbent particles

Two additional assumptions were used for the
porous particle case in the sectional model. One
assumption is that a linear driving force approxi-
mation can be used to describe the mass transfer
of the adsorbate in the liquid from the entrance
of the pores at the external surface to the
particle internal surface [15]. The second as-
sumption is that the pore fluid can be assumed to
be stagnant, and therefore only the bulk fluid
was transferred to the next section at the end of
each time increment.

The overall mass balance in section i is

eCi+(1—e)e,C,, +(1—e)(1—¢,)q, =

[e + (1= 8)e,]Cr, (Al6)

where C,_; is the adsorbate concentration in the
pore fluid and ¢, is the particle void fraction.
Other symbols are the same as defined in Eq.
A2. The unit of g, is taken as the mass per unit
volume of solid. With the linear driving force
approximation the pore fluid can be treated as a
mass transfer medium rather than a separate
phase, thus enabling it to be combined with the
bulk fluid in the overall mass balance [15].
Therefore, the pore fluid was lumped with the
bulk fluid, i.e., C, ;= C;. Eq. A16 then becomes

e+ (1-e)e,JC+(1-e)(1—¢,)q, =

[e +(1—2)e,]C;, (A17)

In this case, the value of C;; can be calculated
by Eq. A3, with the volume ratio of the solid
phase to the liquid phase, R,, becoming

B 1—[£+(1—8)8p]

R.= et (1-¢e)e, (A18)
and the value of C,, is calculated as
N Gl
Lo et(l-ge, ' e+(l-¢ee,
(A19)

Eq. A19 indicates that at the end of each time
increment, the pore fluid remained in the sec-
tion, and only the bulk fluid in section i — 1 was
transferred to section i.

The differential form of Eq. Al7 is then
identical in form with Eq. AS. The solution for
the case with porous particles can then be
obtained with the same approach in Egs. AS5-
Al4. The differences are that an effective overall
liquid-phase mass transfer coefficient, K., re-
places K; in Egs. A6 and A10, and in Eqgs. A6
and A7 C] is redefined as the intermediate
concentration of the adsorbate in the liquid
phase at the internal surface of the particles. A
more detailed discussion on these points has
been presented previously [15].
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Two simplified cases

As discussed in the case of a finite bath [15],
two simplified cases for chromatographic packed
beds may be considered. First, if the surface
interaction rate constant k, is assumed to be
infinite, the mass transfer becomes the rate-con-
trolling step. As a result, when the forward rate
constant for adsorption is very large Eq. Al5 can
be simplified to

,Cl —-x, Ci.(l 'Xw)

(G~ RoGn) ln(C( —x, Gy —x,

I <Ci_xl | tl (Cr“xf)
*un Cz.li—xl) .0 Ci,u—'x:

=A(x, —x,) At

(A20)

This equation implies that equilibrium exists
between the adsorbate and the adsorbate-ligand
complex at each point on the particle surface and
is referred to as the equilibrium case.

Second, if the mass transfer rate is very high.
then the surface interaction (second-order kinet-
ics) is considered as the rate-controlling step. As
a result, Eq. A8 becomes

14, | ,
kl' dr _(Cz_xl)(Clv/‘z) (A21)
and the integrated form is
_i (C,'_x1 CLquz)_ VA
k, " Ci_xl'Culi—xl =0 o) A
(A22)

This case can be referred to as the kinetic
controlling case. In this case, the concentration
of the adsorbate in the liquid phase as a function
of time then can be expressed as

xl(Cl‘[) ~x2) — xz(CI_() _Xl) elxzfxl)kl Ar
" (Cl\(l—xz)_(C:.ufxl)e(\‘:i(‘)k“)'
(A23)

which can be used directly to calculate the
concentration in the liquid phase at time Ar. In

the cases where the value of the liquid mass
transfer coefficients are finite, i.e., Eqs. Al5 or
A20 is required, a bisectional method can be
adopted to calculate the concentrations.
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